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Our simulations showed that in using the hybrid Eulerian-Lagrangian method, the common use of one
computationzl cell in the thickness direction of the thin bed does not predict wall friction correctly.
Instead, a three-cell discretization of the thickness direction does predict the wall friction well but six
cells were needed to prevent overprediction of the bed expansion. The change in specularity factor (5F)

gmftimil fluid dynamics of the model not only affected the predictions of the velocity of particles, but also had a considerable
Fluidization impact on their flow pattern. A decrease in SF, which decreases wall friction, showed an over-prediction
Particle size distribution inthe size of bubbles, particle velocities, and void fraction of the bed, and led to a shift in the circulation
Hyhbrid Enlerian- Lagrangian model center toward the bottom of the bed. The segregation of the Geldart B particles was studied in the narrow
Dense discrese phase model range from 400 to 600 wm with a standard deviation less than 10% of the average diameter. Simulations
Wall friction showed that large particles accumulated close o the distributor at the bottom of the bed and the center

of the bed, but small particles moved towards the wall and top surface. The decrease in the mean particle
size and spread in shape of the distribution improves mixing by uwp to 30% at a superficial gas velocity
of around 2.5 times the minimum fluidization velocity. Log-normal mixmres with a small proportion of
large particles had the most uniform distribution with a thin layer of jetsam forming at the bottom of
the bed. Finally, experimental verification of the segregation and mixing of polydisperse particles with

narrow size distribution is suggested.
L 2019 Chinese Society of Particuology and Institute of Process Engineering, Chinese Academy of
Sciences, Published by Elsevier BV, All rights reserved.

Introduction simulation can be used as an inexpensive and effective tool to
predict the hydrodynamic behaviors of a fuidized bed (Kunii &
Fluidized bed reactors are widely used in many industrial Levenspiel, 1991z2; Loha, Gu, De Wilde, Mahanta, & Chatterjee,
processes such as fluidized catalytic cracking, and coal\biomass 2014)
combustion and gasification (Geldart, 1969; Kunii & Levenspiel, Modeling of the hydrodynamics of fluidized bed systems are
19912). The wigorous mixing of solids and gas in fluidized bed classified under three major approaches: the two-phase the-
reactors may attain high heat and mass transfer rates (Kunii & ory of fluidization, the Eulerian-Eulerian (E-E) model, and the
Levenspiel, 1991b). However, designing and operating fluidized Eulerian-Lagrangian (E-L) model. The empirical correlations for
bed reactors is challenging because of the complex hydrodynamics the determination of hydrodynamic parameters based on the
and resultant particle and bubble behaviors, With recent advances two-phase theory of fluidization must be modified for differ-
in computer technology, mathematical modeling and computer ent conditions and regimes in fluidization {Davidson & Harrison,
1965; Hashemi Sohi, Eslami, Sheikhi, & Sotudeh-Gharebagh, 2012;
Sheikhi, Sotudeh-Gharebagh, Eslami, & Schi, 2012), The E-E
_— . approach gives a realistic prediction of hydrodynamic properties
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minimization multi-scale approaches were further developed to
improve the sub-grid predictions when a coarse grid was used
during the computational fluid dynamics (CFD) simulations (Hong
et al, 2018; Igei & Sundaresan, 2011; Igc, Andrews, Sundaresan,
Pannala, & O'Brien, 2008; Shi, Wang, & Li, 2011). However, an
E-E model is unable to track information such as residence time
and shrinkaze and growth of individual particles during reactions
(Arastoopour, Gidaspow, & Abbasi, 2017),

Amaong several E-L approaches, the soft-sphere discrete element
method (DEM) gives the most accurate collision resolution and tra-
jectory of the particles {Deen, Annaland, Van der Hoef, and Kuipers
(2007, Hoomans, Kuipers, Briels, & van Swaaij, 1996; Schwartz,
Richardson, & Michel, 2012; Tsuji, Kawaguchi, & Tanaka, 1993)
However, as the simulations with the DEM are time consuming,
the DEM is thus suitable for the simulation of small-scale fluidized
beds or industrial scale fluidized beds with Geldart group D par-
ticles (Xu et al. 2011). Efforts have been directed to simplify the
collision between particles and to reduce the number of particles by
grouping them into parcels (Andrews & O'Rourke, 1996; Benyahia
& Galvin, 2010; Hoomans et al,, 1996; Lu, Benyahia, & Li, 2017; Lu,
Gopalan, & Benyahia, 2017; Lu, Morris, Li, & Benyahia, 2017; Ozel,
Kolehmainen, Radl, & Sundaresan, 2016; Snider, 2007 ), The lattice-
Boltzmann method was coupled with the DE M to simulate the
fluidized beds and some interesting results were reported in the
literature (Third, Chen, & Miiller, 2016; Xiong, Madadi-Kandjani, &
Lorenzini, 20141

A hybrid E-L approach by grouping particles into parcels in the
E-L frame was found to be computationally feasible for the sim-
ulation of fluidized bed reactors with polydispersed bed material
in industrial scales (Adzamczyk et al,, 2015; Snider, 2007; Snider,
Clark, & O'Rourke, 2011), In the original hybrid E-L approach, the
parcel properties were mapped into the Eulerian grid to calculate
their interactions based on isotropic inter-particle stress {Harris &
Crighton, 1994) and mapped back to the parcel positions {Andrews
& O'Rourke, 1996; Snider, O'rourke, & Andrews, 1998), This hybrid
E-L method was used to simulate large scale fluidized beds witha
reasonable computational time and different results were reported
[Fotowat, Abbasi, Spiteri, de Lasa, & Chaouki, 2015; Snider, 2007 ),
Later, another type of E-L CFD maodel, called the dense discrete
phase model (DDPM), was introduced that modeled the interac-
tions between particles using a solid stress from the Kinetic theory
of granular flows { Popoff & Braun, 2007 ). In this DDPM, the collision
term contains only the normal pressure instead of the complete
stress tensor, Our previous study showed that the total stress
tensor should be used to predict the formation of bubbles accu-
rately [Hashemischi, Wang, & Shahbazi, 2019). Cloete, [ohansen,
and Amini{2012) also studied the effect of the collision term for the
simulation of dilute systems with periodic boundary conditions,

Simulations of circulating fluidized beds of boilers and coal gasi-
fiers have confirmed the computational benefits using the DDPM
approach({Adamczyk et al. 2014a, 2014k, 2014c, 2015). The simula-
tiom of a bubbling fluidiz ed bed using the DDPM zpproach required
less computational time with a good grid independency, compared
to the E-E approach (Cloete, Johansen, Braun, Popoff, & Amini,
2011; Cloete et al, 2012), However, there was a substantial differ-
ence in the prediction of bubble formation using two-dimensional
(20) and three-dimensional {3D0) simulations but minor effects in
the prediction of pressure drop and bed expansion (Cloete et al.,
2011), However, these simulations were validated with macro-
scale properties of a fluidized bed. such as pressure drop and bed
expansion, but lacked the details in the prediction of micro-scale
and meso-scale properties of a fluidized bed including bubble size,
frequency, solid flow patterns, velocity of circulation of particles at
different operating conditions, and particle size distributions.

Pseudo- 2D fluidized beds ( the third dimension of whichis much
smaller than the other two dimensions) have been extensively used

to study the hydrodynamic properties in a fluidized bed by non-
invasive experimental methods called particle image velocimetry
and digital image analysis{Cloete et al, 2011; Hernindez-Jiménez,
Sinchez-Delgado, Gimez-Garcia, & Acosta-lborra, 2011; Sinchez-
Delgade, Marugin-Cruz, Soria-Verdugo, & Santana, 2013), CFD
miodels can be validated by comparing the 20or 30 predictions and
experimental results obtained from pseudo-2D beds. The effects of
back and front wall friction on the velocity of particles and bubhle
size in a pseudo-20 fluidized bed have been studied using E-E and
E-LCFD approaches|{Altantzis, Bates, & Ghoniem, 2015; Li, Grace, &
Bi, 2010). The effects of bed thickness on 3D flow behaviors and seg-
regation in a pseudo-2D fluidized was studied using the CFD-DEM
approach (Li, Gopalakrishnan, Garg. & Shahnam, 2012), Cloete et al.
(2015) studied the effect of frictional pressure, geometry and wall
friction in a pseudo-2D fluidized bed using a TFM model, Liang,
Zhang, Li, and Lu (2014} simulated a pseudo-2D fluidized bed using
the MP-PIC method and successfully predicted particle velocities
but not the flow pattern using only one cell in the thickness direc-
tion, Wang et al. (2015) studied the particle size distribution in a
2D circulating fluidized bed using a CPFD model and they obtained
good predictions of overall flow patterns in dilute systems. Cloete
and Amini (2016) compared the effects of gas velocity and parti-
cle size on the bed expansion in a pseudo-2D fluidized bed using
the TFM and DDPM models, Information is lacking about the effect
of wall friction on a pseudo-2D Auidized bed in simulations using
the DDPM maodel and the corresponding coefficients in the DDPM
model that take into account the effect of wall friction, Also, there
is a critical need to validate the DDPM model in the prediction of
bubbling characteristics and flow patterns,

Polydispersity is a very important parameter affecting hydrody-
namic, mixing, segregation, and mass and heat transfer especially
between the bubble and emulsion phase (Geldart, 1960, 1972),
The studies reported in the literature show that adding fine par-
ticles was beneficial in improving the efficiency of a fluidized
bed reactor (Geldart, 1972; Grace & Sun, 1991; Joseph, Leboreiro,
Hrenya, & Stevens, 2007 ; Khoe, Ip, & Grace, 1991 ), Numerous exper-
imental and simulation studies have focused on the segregation
of polydisperse systems using binary mixtures or solid fuel tra-
jectory and different mixing indices have been defined (Beetstra,
van der Hoef, & Kuipers, 2007; Di Renzo, D§ Maio, Girimonte, &
Formisani, 2008; Fan & Wang, 1975; Feng. Xuw, Zhang, Yu, & Zulli,
2004; Fotovat et al,, 2015; Hernindez-jiménez, Garcia-Gutiérrez,
Soria-Verdugo, & Acosta-lborra, 2015; Hoomans, Kuipers, & van
Swaaij, 2000; Huilin, Yunhua, Ding, Gidaspow, & Wei, 2007; Joseph
et al, 2007; Monazam, Breault, Weber, & Layfield, 2017; Peng,
Doroodchi, Alghamdi, & Moghtaderi, 2013), However, industrial
fluidiz ed beds contain materials with continuous particle size dis-
tribution, Gauthier, Zerguerras, and Flamant {1999) have reported
that powders with a Gaussian distribution have the same mini-
mum fluidization velocity as their average uniform-sized powders
whereas binary and flat-distribution mixtures segregate. Segrega-
tion has also been shown to increase with increasing width in the
particle-size distribution, bed height, mean size, and gas velocity,
and with decreasing size in fines {Geldart, Baeyens, Pope, & Van
Die Wijer, 1981; Joseph et al, 2007; Sun & Grace, 1992). Chew &
Hrenya (2011), Chew, Wolz, & Hrenya (20100 and Dahl & Hrenya
(2005) have used a wide range of continuous-size distributions
including Geldart group B and D. They have shown that the average
particle diameter decreases along the bed height, and segregation
increases by increasing the width of the particle size distribution,
The Gaussian and log-normal mixtures with less than 10% stan-
dard deviation to average dizmeter ratio (o/dave) have negligible
segregation and because of experimental limitations they were
considered as monodisperse {Chew et al, 201 1), Moreover, the dif-
ference between minimum-to-maximum diameter in their system
is wide [ 180- 800 pm) and the effect of the type of size distribution
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{a)

Fig. 1. {2} Geometric dimensions of the psewdo 20 physical bed and (b) 10 meshed computations] bed.

Table 1

Simulation parameter settings.
Quantity Value
Column dimensicns (m) 03 =07 =005
Static bed height (m] 03
Gas density (kg/m”) 1335
s wisoasity (kefm 5] 17834 - 107%
Particle diameter ( m) 400300
Farticle density (kgfm™} 2500
Particle—particle coefficient of restinstion LK)
Speculariny factor 0.0001-0.5
Number of parcel 1,000,000
MNumber of particle per parcel 10-24
Packing limit 063

on the narrow range of Geldart group B particles (400-600 pm) is
overlooked but was investigated in our study. There are few stud-
ies reported in the literzture on the use of CPFD and DDPM models
too simulate circulating fluidized beds with polydispersed particles
(Fotovat et al, 20115; Wang et al., 2015). However, more informa-
tion is needed on the segregation and mixing characteristics of
polydispersed particles using these hybrid E-L approaches.

In our study, a DDPM-based CFD model was developed on the
ANSYS FLUENT software platform to analyz e the hydrodynamics in
a bubbling fluidized bed. Simulations were performed in a pseudo-
2D bubbling fluidized bed configuration using the DDPM model and
validated by experimental data for size and pattern of bubble flow,
and the velodty and circulation patterns of particles reported in
literature, The effects of wall friction on the pseudo-2D bubbling
fluidized bed on the prediction accuracy were analyzed, The model
was further used to study the effects of particle-size distribution on
the segregation behavior of the pseudo-2D fluidized bed, using the
Rosin-Rammiler distribution scheme in a narrow range of particle
diameters,

ib)

Modeling approach and simulation setup
Governing equations
The mass conservation equation for the gas phase is given by

W) 5. (i) =0

and the momentum conservation for the gas phase is deter-
mined by

g . .
{—i:nﬂal-e-?- {avsvs) =—£5Vpg + V- Ty + g0,

+Knmw (Foemt — i) + SDPM explict (2)

where, g5 denotes the volume fraction of gas phase, pg density of
gas phase, vy gas phase velocity, py pressure of gas phase, z shear
tensor of the gas phase, Kppy coefficdent of drag taken from the
granular phase, obtained using the Gidaspow drag model for calcu-
lations (Ding & Gidaspow, 1990), Pypy particle-averaged velocity
of the considered discrete phase, and Sppy_exlicy an optional mass
and momentum source term.

The equation of particle motion that is solved to determine the
particle velocity and position in the gas phase is given by

i o Elee-mm) -
?=Fﬂillh—1'p]+T+F (3]
where, i\ denotes the particle velocity, iy gas velocity, and Fy drag
between gas and particles calculated using

= Butuke @
Zapdf
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Fig 2. Aweraged vertical velocity at height of 0.25 m above the distributor using one
cellin the thickness dimension for differing specularity factors.

where, Cj is the coefficient of drag calculated using the same drag
model used in giving Kppg. The particle-particle interaction is esti-
mated from the granular phase stress tensor using

1
Finum:tiun=—Ev'rF- (5]

where, 1, denaotes the solid stress including solid pressure, normal
stress, and shear stress:

- -T 2 -
Tp = —ppl + Eppip [‘i'vp+‘i'vp:i—£p (J.p—iup)‘?-upl', L]
Here the solid pressure py is defined as
Pp = £pPpB + 2pp (1 + eas) EpEn® M
where. gp is a correction factor representing the radial distribu-
tion function that modifies the probability of collisions between
grains in dense areas, and &' the granular temperature representing

the kinetic energy of the fluctuating particles derived from kinetic
theory model as

3 | o (epop® o .
o % + V- (opl,Tp@) | = o Vip+ V- (kaVe)

~ Yo + e (8)
where, the right-hand side terms represent the generation of
energy via the solid stress tensor, the diffusion of energy, the colli-
sional dissipation of energy, and the energy exchange between the
gas and solid phases, The left-hand side terms represent convec-
tion and diffusion. Eq. (&) was solved algebraically by neglecting the
convection and diffusion terms in the transport equation {Syamlal,
Rogers. and O'Brien, 1993). Algebraic granular temperature con-
servation and modeling of the solid pressure have been proven
to be acceptable for dense bubbling systems for which the local
generation and dissipation of granular energy strongly outweighs
the convective and diffusive fluxes crossing the cell boundaries
(Boemer, Qi, Renz, Vasquez, & Boysan, 1995; Cloete et al., 2012;
Wan Wachem, Schouten, Van den Bleek, Krishna, & Sindair, 2001),

System description

The simulation setup was configured based on two sets of widely
used experimental data reported in the literature (Hernindez-
Jiménez et al, 2011; Laverman, Roghair, Annaland. & Kuipers,
2008). The first set of experimental data were collected on

a pseudo-2D fluidized bed of dimensions 0.5m (width)=1m
(height) = 0.005m (thickness). The particles of the bed material
are made of ballotini glass of density 2500kg/im® and average
diameter 700 wm. The superficial gas velocity was 0,62 m/s, the
minimum fluidization welocity was 0.35m/s, and the static bed
height was 0.3 m. This setup was used to evaluate the DDPM in
predicting the effect of wall friction using one cell in the thickness
direction. A second set of experimental data was collected on a
pseudo-2D fluidized bed with dimensions of 0.3 m (width) = 07 m
(height) = 0.015m (thickness). Bed materials were glass beads of
Geldart-B with a narrow diameter distribution of 400-600 um
(Laverman et al_, 2008). An average particle diameter of 485 pm
was used for single diameter simulations (Li, Grace, & Bi, 2010), The
fluidization agent of air was passed through a porous distributor
plate at a minimum fluidiz ation velocity (U} of 0.18 mjs reported
by Laverman et al, (2008 . The static bed height is 0.3 m, The super-
ficial gas velocity was kept constant at 0.45m/(s around 2.5 Uy to
stay within the bubbling regime. The time-averaged vertical veloc-
ity of particles and the averaged solid volume fraction are calculated
using

Vapley,2)= 3 Glxy 2yl y.2)/Y Glxy.2). ()

eplay.z) = Zr_lzp.,h.y. z) /N, (10}

where. N is the number of snapshots, and  is an indicaror (0
inside the bubble and 1 in the emulsion phase) defined by a
threshold that distinguishes bubbles from the dense phase, the
recommended value being the arithmetic mean between the max-
imum and minimum solid volume fraction (Hernindez-liménez
et al_, 2011}, Therefore, if the solid volume fraction of a cell is less
than the threshold value of 0.3, the cell is considered a bubble with
C; = 0 ; otherwise, dense phase with C; = 1. As bubbles are a part of
the bed that are assumed to be free of solids, the influence of par-
ticles inside the bubbles on the particle velocities in the emulsion
phase is corrected by removing the welocity of the particles in the
bubbles, Image] was used to determine the surface area and mass
centers of the bubbles; the equivalent bubble diameter was calcu-
lated using (Hernindez-Jiménez et al_, 201 1; Laverman et al_, 2008;
Li et al,, 2010)

45

d=4/= (1)

Initially, the contours of the solid volume fraction were adjusted
using a color threshold and then the binary figures were created;
bubbles were then detected, and their area was calculated as deter-
mined from the number of pixels reported for each bubble, Then
the equivalent bubble diameters were averaged for 105 from 20 to
305 of simulation at frequency rate of 10 frames per second.

Computational geometry

A 3D computational column was generated to study the hydro-
dynamic properties of the bubbling fluidized bed. The movementof
particles in the third dimension (bed thickness) and their collisions
with the back and front wall perpendicular to the third dimension
is only observed in a 3D setting. The column includes two parts: the
bed and the freeboard, which are divided by an interface boundary
condition {Fig. 1),

The particles are initially injected into the bed zone using
the interface technique, which employs two overlapping interface
boundary conditions to connect two fluid zones. The bed houses
the initial injection of particles with a solid volume fraction of
0.60. The 30 system was uniformly meshed using the structured
hexahedral cells with edge sizes of 5mm in the height and width
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directions, respectively. Initially, one cell along the thickness of
the colemn was used to study the effect of wall friction, using a
thinner geometry (5 mm bed thickness) reported mn the literature
{Hernindez-Jiménez et al., 2 Then, the third dimension was
discretized into 3, 6, and 8 computational cells along the thickness
of the column, giving grid sizes of 5, 2.5, and 1.875 mm in a bed
15mm thick {Laverman et al,, 2

108)

Boundary conditions and solver setup

A boundary condition at the bottom of the bed was paired with a
uniform gas velocity to represent a poroes gas distributor, A reflec
tion boundary condition was used o prevent the DDPM tracking
particles from draining out of the system. An atmospheric pressure
outlet was considered as gas exit that allows the particles to escape
out of the system as well, No-slip boundary condition was selected
for the gas phase on the bed wall. The johnson-Jackson boundary
condition was used to calculate the granular phase shear force at
the wall boundaries

Ts — .LO
G-“

J‘S"I\""sn. (12}
where, Lq is the particle slip velodty parallel to the wall, ox ma
volume fraction of particles at maximum packing, and & specular-
ity Factor (SF), which determines the elasticity of the particle-wall
interaction ranging from O for perfect specular collisions to 1 for
perfectly diffuse collisions depending on wall roughness. More

e-averaped solid volume fraction obisined ssing thoee ool

— e
o " L a e L

he bed hesghit ol
d] time-averaped salid vo

e for diffenag nambers of computata
me fraction obtained using six cells

over, the coefficient of restitution between particle and wall in the
Lagrangian frame is defined as ratio

Va.in

gy and ¥y ., are the particle velocities normal and
rqng:'n'ul to the w:ll before and after collision, respectively. In
this work, the node-based average particle varizable was used to
distribute the parcel’ scfﬁ:\l\nn:!mgth :I13 mc'xh nodes (interpo-
lation) {Ad 001} and o
improve the grid dl:pcnd-:nq.r By dc.auﬂ. ANS‘rs I‘;ucnt maps the
parcel's effects into the center of the computational cell, which is
numerically unstable {Adan To awerage a variable
@ on a mesh node (Coffield L we use

NCZY

=~ e \
o : (id)
¥node 3 Nin pareetW (Xp = Xnode | ¥5- L14)

where, gy is the partide variable, N 5ape the number of particles
in the parcel, and ;.4 the accumulation of the particle variable on
the node for all parcels k, and w (% — ¥pade ) the weighting func-
tion or kernel. In this method, convergence characteristics are not
tied to the Eulerian grid but add statistical errors to the solution
(Garg, Narayanan, & Subramaniam, 2009), However, by regulat-
ing the kernel bandwidth, the user can leJnLE‘ the contribution
Frr,'nlrum.n.nrl and statistical errors (C anan, Lakehal, &

Subramaniam, 7). The Gaussian i.f:rn:]w:.s used asawei ghting
function wu'h a f..\l.nu.m factor of 6 to store the particle vari




196 A. Hashemisofi et al / Particuology 49 (2000 1 9]-204

Fig 4. [a]) Time-averaged wertical velocity of solids in the emulsion phase 2t 105 mm above the bed {b] Rateof ci
[simulation time: 30s5).

Fig 5. Time-averaged welocity vectors of dense phase predicted for differing specularity Factors (SFs): (2] 0.0001, (b) 0001, {c} 0.005, (d) 0.1, and {=) (L5, compansd with ()
experimental results {Laverman et al, 2008].
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ahle on the mesh nodes and redistribute them back to the cells
(Apte, Mahesh, & Lundgren, 2008; Kaufmann, Moreau, Simonin,
& Helie, 2008), A constant kernel bandwidth leads notably to a
constant statistical error with grid refinement (Garg et al., 2009;
Subramaniam, 2013), Further investigation on the time-dependent
kernel width is outside the scope of this study. The phase-coupled
SIMPLE scheme was used for pressure-velocity coupling. A second-
order upwind scheme was used for the momentum equation and
the QUICK method for the spatial discretization of volume frac-
tion. The first-order implicit transient formulation was used for
temporal discretization, Table 1 lists those parameters used in the
simulations, All of the simulations were performed for 30 s with the
same time step of 1 = 10-5 = for both particle and fluid calculations,
Given the frequency rate of 1000 frames per second, the last 255 of
each simulation was used for averaging properties.

Results and discussion

The micro-to-macro scale hydrodynamic properties of the fluid
bed that were studied include solid vertical velocity, velocity vec-
tors, size of the bubbles, solid volume fraction, mixing, segregation,
and probable location of particles with differing diameters.

Effect of grid sze in the thickness direction on wall friction

In the literature, a mesh-independent behavior of the dense
discrete phase model was reported when simulating fluidized
beds with squared cells with height and width of 10 particle
diameters (Cloete, Johansen, Braun, Popoff, & Amini, 2010), A uni-
form mesh of the same dimensions was chosen for the height
and width directions to achieve a good resolution in solid flow,
Moreover, a mesh-dependence study was performed to evaluate
the effect of the number of computational cells in the thick-
ness direction on prediction accuracy. Originally, a bed 05m
in width = 1m in height = 0.005m in thickness was used in the
experiments conducted by Hernindez -Jiménez et al, (2011) and
meshed with one computational cell in the thickness dimension
(5 mm). Height and width directions were discretized using (5 mm)
squared grids (10 times the diameter of a particle). The varia-
tion in SF did not significantly affect the velocity of the particles
when using one computational cell in the thickness dimension
(Fig. 2).

The use of just one computational cell in the thickness of
the thin bubbling Auidized bed ignores the gas velocity varia-
tions in the thickness direction although the particles can still

be tracked in a Lagrangian frame and the solid flow is still
three dimensional, However, we note that in using the hybrid
E-L methed, the interactions among particles depend on the
Eulerian frame, Therefore, the effect of front and back wrall fric-
tion of the pseudo-2D bed on the solid flow is obhserved only
if we have a sufficient number of cells in the thickness dimen-
sion, Using one cell in the thickness direction is the reason
why Liang et al. (2014) were unable to capture the effect of wall
Friction,

Moreover, as particles rebounds off the wall in 2 Lagrangian
frame, the change in particle momentum is determined by the
normal and tangential coefficient of restitutions. The same results
were observed by changing the coefficient of restitution and no
wall friction effect was observed. This can be explained by the
fact that the velocity in the bed thickness direction is very small,
and the effect of the coefficient of restitution on the interactions
with the front and back walls is negligible; it does not have any
effect on the velocity in the x and y (bed height and width) direc-
tions, Because the coefficient of restitution from the Lagrangian
frame does not reproduce the wall friction in this instance, a 5F
with a greater number of cells in the thickness direction was
used. Therefore, the thickness dimension of a pseudo-2D fluidized
bed was discretized into more than one computational cell to
observe the effect of wall friction on the solid flow. A fluidized
bed of 0,5m (width) = 1 m (height) x 0,005 m (thickness) used for
the abowe simulation was too thin for discretization. It led to
a computational divergence because of a large computational-
cell aspect ratio if the thickness is discretized into more than
one computational cell, Therefore, the pseudo-2D fluidized bed of
dimensions 0.3 m (width) = 07 m (height) = 0,015 m (thickness) as
used in the experiments conducted by Laverman et al_ (2008) was
chosen for the rest of the simulations in this study. Fig. 3 shows
the results for three different numbers of cells in the thickness
direction. In Fig. 3(2) and (b), increasing the number of compu-
tational cells in the thickness direction from three to eight did
not change the vertical velocity of particles at 10cm above the
bed, However, the solid holdup decreased with increasing num-
ber of cells in the thickness direction but the change was not
significant when the number of cells increased from six to eight,
Fig. 3(c) and (d)} shows the time-averaged solid volume fraction
and the bed surface predicted using 3 and € cells in the thickness
direction, respectively. The simulation bed height was extracted
from the time-averaged solid volume fraction with a threshold of
10%. The experimental bed height was extracted from the posi-
tion of the last upward velocity vector on top of the bed surface,
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which was estimated to be 0.350m (Laverman et al., 2008), The
bed heights predicted by the CFD simulations were 0375, 0.352,
and 0,351 m using 3, 6, and 8 cells, respectively, in the thickness
direction, Although, the use of three cells in the thickness direction
could well predict the welocity of particles, it over-predicted the
expanded bed height, Other studies showed that the bed height
was a more reliable parameter for the mesh-independence study
[Cloete et al., 2013), This study showed that the use of six cells in
the thickness dimension predicts both particle wvelocities and bed
expansion well,

Fig. 4(a) shows the time-averaged particle velocity at a loca-
tion of 105 mm above the distributor. Increasing SF from 0.001
to 0.1 decreases significantly the downward velocity of the par-
ticles beside the wall, thereby confirming the circulation pattern
as presented by velocity vectors (see next section). To gain a bet-

ter understanding of the wall-friction effect, the rate of circulation
which is the vertical solid flux was calculated, and averaged over
cross sections of the bed along the bed height and time (Alcantzis
et al,, 2015; Sinchez-Delgado et al,, 2013),

EmanZma

1 .
Q=I_[ l[ppzp-unli\'c[z. (15])

*min*mia

where, A¢ is the cross section are of the bed, and {#q} the vertical
component of the solid velocity in both upward and downward
directions. From Fig. 4{b), the rate of circulation decreases rapidly
at bed heights below 25cm by increasing the SFs; however, the
change in SF does not affect the rate of the circulation of particles
close to the top of the bed and the location at bed heights above
25 cm because of the presence of large bubbles and vigorous mixing
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at the top of the bed. Mote that 5F effects are more profound at
the bottom of the bed where large bubbles are not formed. The
bubbles grow at a high rate at the bottom of the bed with low SF
and subsequently leads to vigorous mixing and higher velocities of
particles. The higher rate of expansion of bubbles affects the solid
flow by formation of wakes at the bottom of the growing bubbles.

Validation of solid velocity and circulation pattern

The velocity vectors were compared with those obtained from
experimental data reported in the literature to evaluate the accu-
racy in predicting the circulation patterns of the solid particle flow
in the model, From Fig. 5, the change in 5F affects the pattern of the
flow. An increasing SF leads toa shift in the vortex center toward the
surface of the bed and further away from distributor plate, whichis
in agreement with the experimental results{ Laverman et al_ 2008),
At small 5Fs, the downward circulation of the particles, espedally
beside the walls and at the bottom of the system, is profound and a
vigorous mixing occurs in the whole bed. This is shifted to the top of

(a)
g 8. Snapshots of particles at () well-mixed initial conditions and {b) after 30 =

the bed by increasing SF from 0,005 to 0.1, The recirculation centers
are formed through bubble movements. That means that increas-
ing SF would inhibit bubble formation at the bottom of the bed
because of a higher pressure at the bottom of the reactor. Moreowver,
the bed height decreases and the bed becomes more packed if SFis
increased. Increasing SF increases wall friction, which decreases the
expansion of the emulsion phase (dense phase). Fiz. 6 compares the
averaged vertical velocity of the solid phase in the emulsion phase
with experimental data at two different bed heights and higher 5Fs,
There is an acceptable agreement between the results and experi-
mental data, although the under-prediction of the particle velocity
beside the wall at 5F=0.5 and the over-prediction of the results
at 5F=0.1 may be due to the simplistic assumption of the particle
collision model used in the DOPM model.

Bubble dynamics

Fig. 7 shows snapshots of particles in the bubbling condition
simulated at different SFs; Fiz. 8 presents the bubble diameter as a
function of bed height for different SFs, Increasing SF reduces the
size of bubbles and its effect is more significant at the top of the bed
where coalescence happens. Large bubbles are formed using a low
5F that corresponds to low wall friction, and solid flow is near the
slugging regime. As there is little resistance to bubble grows, the
bubble grows quickly and coalesces in consequence of the strong
wake forming under the bubble, The dowmnward flux of particles
beside the wall due to gravity has an exponential increase when
decreasing 5F and helps the bubble grow at the center of the bed.
Increasing SF leads to an increase in the number of small bubbles
distributed at the bottom of the bed. However, the bubbles cannot
grow significantly as the particles exert more friction on bubbles,
The movement of particles is suppressed because momentum is
dissipated in the walls. Therefore, drag is unable to move the parti-
cles and the gas is forced to pass through the bed as small bubbles,
Consequently, drag is distributed over the entire bed compared
with low 5F conditions where drag is mostly present at the cen-
ter of the bed. Moreover, there is a higher particle fraction inside
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the bubhbles because less separation occurs between solid and gas
phase if SF is high.

Effect of continuous particle size distribution

A perfectly mixed reactor is one in which the probability of find-
ing a particle of a certain diameter is the same for all points in the
bed. Howevwer, in fluidized bed reactors, perfect mixing does not
happen in practice, In Fig. 9(a) and (b), particles are injected into

the system initially in a well-mixed condition and particle segrega-
tion then takes place during fluidization., Although large particles
are dispersedin the bed, a considerable portion of the large particles
accumulate at the bottom of the bed. As indicated, large particles
are dragged toward the top of the bed following the bubble path-
way. The cloud and wake area of the bubbles are mostly formed
by larger particles. This can lead to different mass and heat transfer
rates between the bubbles and emulsion phase for different particle
size distributions,
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Fig 11. Time-averaged particle diameter of the cells (histograms ) and fitted normal distribution curves.

To study the distributional effect of particle size on mixing and
segregation in a bubbling fluidized bed, nine different continu-
ous distributions for particle size were analyzed including narrow,
wide, and flat distributions (Fiz. 10), As mentioned earlier, most of
the previous experimental studies were conducted with binaries
or a wide range of particle sizes; narrow particle-size distributions
were also considered as monodispersed because of experimen-
tal sieving limitations {Chew et al., 2011}, Therefore, the effect of
purely different distributions with less than 102 change in mean
diameter of particles and less than 10% standard deviation-to-mean
diameter ratio were considered, Cases a-c are close tonormal Gaus-
sian distributions, whereas Cases d and i are close to log-normal
distributions with different average diameters, and Cases e-g, and
h are dose to flat distributions. The average diameter and standard
deviation of particle sizes are presented in Table 2. Note that the
difference between the minimum and maximum average diameter
is less than 50 wm, which is around 10% of the average diameter,
The Rosin-Rammler spread valuesof 15 and 6.5 create the Gaussian
and log-normal distributions whereas values of 3.5 and 1.5 give flat
distributions,

For each simulation, particles totaling a mass of 1.9kg with a
certain distribution were injected into 1 million parcels at the first
time-step. The superficial velocity was kept constant at 0.45 m/s for
all cases with 5F=0.5 to consider the wall friction. All fluidization
simulations were performed for 305 and the average diameter of
particles in each cell was calculated over the last 205 of simula-
tions. This average particle diameter represents the probability of

the presence of a particle with a certain diameter at the given local
point of the bed. Fiz. 11 shows the histogram of this time-averaged
particle diameter of the cells along with a fitted Gaussian normal
distribution curve, If the particles were perfectly dispersed over the
bed, these histograms would be very narrow whereas segregation
would result in wide histograms with larger standard deviations,
Local size distributions have been reported to mimic the overall
size distribution of particles in mast regions of the bed (Dahl &
Hrenya, 2005). Cases a—c with Gaussian distributions each have a
local Gaussian distribution shape with a narrow standard devia-
tion from the average size; good mixing is observed in these cases
and confirms an insignificant effect with extreme-sized particles in
small proportions. Cases d and i with log-normal distribution show
a mean diameter effect of extreme-sized particles in large propor-
tions that flattens the distribution curve for larger mean diameter
and consequently results in more segregation. As expected, a flat
size distribution results in wide local size distribution,

Toquantify the dispersionwithin a mixture of a certain particle-
size distribution in the fluidized bed, a mixing index that is defined,
Mixing Index = 22— MR eype (16)
where, @p is the standard deviation of the diameter of the injected
particles ( before mixing), and syp is the standard deviation of the
time-averaged particle diameter of the cells {local).

A mixing index of 100% means that all particles are found at all
positions with the same probability; a mixing index of zero means
complete segregation or in other words the same standard devi-
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ation remains the same as before mixing. Including the standard
deviation of particle size before mixing helps in determining the
role of fluidization in mixing. Table 2 lists all case studies with
mixing index ranging from 43,38% to 75.40%, Increasing the mean
particle diameter in Gaussian distribution samples decreased the
standard deviation of averaged cell diameter and consequently
increased the mixing index. Comparing Cases c and e shows that a
smaller standard deviation after mixing does not guarantee a higher
mixing index. A higher mixing index indicates better mixing by
means of bubbling fluidization in Case e even though it has a larger
standard deviation. If we leave the system in minimum fluidiz ation
without any mixing. the mixing index of the sample with smaller
standard deviation (before mixing) is always higher because of seg-
regation due to drag and gravity, As is evident, Case d, which has
alog-normal distribution with large proportions of small particles,
has the highest mixing index and thus shows the dominant role of
the mean diameter even in narrow distributions, The samples with
flat distributions produce the lowest values for the mixing index
and the larger standard deviations, thereby confirming their similar
segregation behavior with binary mixtures, In general, increasing
the mean diameter decreases the mixing index in a constant size
distribution but a change in shape of the size distribution from a
Gaussian to a flat distribution may have more effect than changing
the mean particle diameter,

To gain a better understanding of the probable location of differ-
ent particles in the bed, contours of the time-averaged local particle
dizameter in bed area are presented (Fiz, 12), The large particles are
present at the bottom and center of the bed whereas the small par-
ticles are located beside the wall and close to the surface of the bed.

Increasing the mean particle size in the Gaussian distribution cases
results in 2 low accumulation of small particles beside the wall,
whereas a larger jetsam layer of large particles forms at the bottom
of the system. Comparing Cases d and i with log-normal and mirror
log-normal distributions shows the effect of extreme sized particles
in large proportions in segregations and jetsam formations. Case d
with a large proportion of small particles has a thin layer of jetsam
whereas Case i with a large proportion of coarser particles has a
thick layer of jetsam and minimum mixing arising from bubbling, in
agreement with the results of Chew and Hrenya (201 1) on forming
a bubble-less layer despite the bed being fully fluidized. Changing
shape of the size distribution to a flat distribution increases the
chance of jetsam formation and segregation even at mixtures with
the same mean diameter, The best mixing was achieved in Case d,
which has particles with 2 mean diameter of 448 pm and a large
proportion of small particles with a log-normal distribution before
mixing. This confirms the advantage of using log-normal distribu-
tions containing a small proportion of large particles (Chew et al.,
2010), This can be explained by the fact that the decrease of the
particle size increased the ratio of drag-to-collisional force among
particles, Decreasing the collision force among the particles causes
smooth shifts in the solid phase that decreases the mixing time
and consequently provides better mixing, Therefore, fluidization is
controlled by smaller particles with a thin layer of jetsam at the
bottom of the bed, Note that a higher concentration of larger parti-
cles at the center of the bed was related to bubble pathways at the
center of the bed that could carry them toward the top of the bed,
Increasing the mean particle-size distribution causes the formation
of a thick layer of jetsam at the bottom of the bed that decreased
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the size and formation of the bubbles. Suppressing the formation
of bubbles, which are a major mixing agent in the bed, decreases
the mixing significantly, This was mare pronounced when a flat
distributor was used and a thick jetsam was formed at the bottom
of the bed. As seen in Case i, this thick jetsam plays the role of a
packed bed distributor, the rest of the bed being mixed uniformly,

Conclusions

A hybrid E-L model was developed with a 3D computational
geometry to simulate the hydrodynamics of a thin bubbling flu-
idized bed. The time-averaged velocity vectors of the emulsion
phase and the axial velocity of the single size particles were vali-
dated with good agreement with the experimental resules obtained,
Simulations showed that ignoring wall friction during simulations
would affect both the velocity of particles and drculation pattern,
The size and general pattern of the bubbles in the bed predicted at
differing SF were compared with experimental results, A decrease
in 5F was shown to lead to a greater expansion in the system and
the formation of large bubbles, The particle-size distribution is an
advantage of the Lagrangian framework in the DDPM method and
was considered in studying the mixing and segregation of parti-
cles. A new mixing index for continuous particle-size distributions
was defined using the standard deviation of the particle siz e before
mixing and the standard deviation of the local size distribution.
The results indicate a local accumulation of large particles at the
bottom and center of the bed. The mixing of particles with war-
jous diameters not only was improved by decreasing the mean
diameter and the width of distribution, but the shape of the dis-
tribution had a considerable impact on mixing and segregation of
particles. Although the polydisperse results need to be verified with
experimental data, and the DDPM model cannot resolve the particle
collisions as DEM does, it is a start in considering the particle-size
distribution of narrow-size-distributed mixtures that are consid-
ered to be monodispersed, Finally, the accuracy of the model can
be improved by increasing the resolution of particle collisions using
sub-grid filter models,

Acknowledgements

We thank Dr, David Dayton at RTI International for his help and
valuable comments, We acknowledge a contribution from North
Carolina Agricultural and Technical State University, supported
by funds partially provided by U.S, Department of Energy (Grant
#: EED003138) and U5, Mational Scientific Foundation (Grant #:
HRD-1242152), Mention of a trade name, proprietary products
or company name is for presentation clarity and does not imply
endorsement by the authors ar the university,

References

Adamnceyk, W. P, Klimanek, A, Biatecki, B A, Wecel, G., Kmrotub, P & Crakiert,
T. {2014}, Comparizan of the standard Euber—Euler and bybrid Euler-Lagrange
approaches for modeling particle transpart in a pilat-scale circulating fwidized
bed. Particuoiogy, 15, 125-137.

Adamczyk, W. P, Koeotub, P, Klimanel, A, Bisdecki, . A, Andresjoeyk, M., & Kla-
jmy, M. (2015} Numerical simulations of the industrial droolating fuidized
bed boiler under air-and axy-fissl combustion. Applisd Tharmal Engineering, §7,
127136

Adamczyk, W. P, Kozohab, P, Weeel, G, Klimanek, A, Biakecki, B A, & Cralkiers, T,
{2014). Modelmg axy-fissl combustion ima 30 circulating Audioed bed osing the
hybrid Euber-Lagrange approach Applied Thermal Ergineering, 71(1), 266-275.

Adamczyk, W, P, Wecel, G, Klajny, M., Kmzotub, P, Klimanek, A, & Biafscki, B A
(2014). Modeling of particle transpart and combustion phenomena in a large-
scale circulating Auidized bed boiler using a hybrid Euler- Lagrange approach.
Particunlagy, 16, 29-40.

Altantris, T, Bates, B B, & Ghoniem, A F (3015} 30 Eubsrian modeling of thin
rectangular gas-salid Auidiced beds: Estimation of the specularity coefficient
and its effects on bubbling dynamics and circulation times. Powdar Technodogy,
70, 256170

Andrews, M. |, & ORourke, P. |. {1996). The multiphase pastichs_in-cell (MP-PIC)
method for dense particulate fows. Inbrrotionad Jowrral of Multiphoss Flow,
22(2), 379401

Apte, 5 V_ Mahesh, K, & Lundgren, T. [2D0B). Accounting for fAnitesire =fects in
simulations of disperse particle-laden Aows. Irternotional Joumal of Multiphose
FRow. M(3) 260-271.

Arastoopour, H., Gidaspow, D, & Abbasi, E. (2017 Polydizpersity and the population
balance medel. In Computational ransport phenomena of fwid-particle systems.
pp- 55-80. Cham: Springer Inmt=rnational Publishing.

Beststra, B, van der Hos=l, ML A, & Kunipers, |. AL M. (2007). Mumerical study of s=gre-
gation using a new drag, force comelation for polydisperse systems derived from
lattice-Bolizmann simulations. Chemical Engineering Soence, £2]1-2], 245-355.

Benyahia, 5., & Galvin, |. E. (2010) Estimaticn of numerical emors related to some
basic assumptions in discrete particke methods. Industriol & Erginesring Chem-
istry Ressgrch, 490211 10588 10605

Boemer, A, O, H., Renz, U, Vasquer, 5, & Boysan, F. (1985) Eulerian compa-
tation of Auidized bed hydrodynamics—A comparison of physical models.
Proceedings of the 17th Internatioral Conference on Fluideed Bed Combustion,
Vol 2, 775. Retrieved from. hitpe)] schelar. google. com| scholar?hl-eniben
=Searchige=intitle-eulerian+oomputation+of+ fluidmsd+Hbed «hydrodynamics+-
+a+comparison+ofta+physcalimodsl=t 0

Chew, |. W, Hays, B, Findlay, |. G., Karr, 5. B, Knowlton, T. M, Cocon, A, et al.
(A011). Species segregation af binary mixtur=s and a continuous st distri-
bution of Group B partiches in rizer flow. Chemical Engineering Science, 5520],
45954604,

Chew, . W., B Hrenya, C M. (2011} Link between bubbling and segregation patierns
in gas fluidized beds with continuows sixe distributions. AJCRE Jowrnad, 57711,
3003-3011.

Chew, |. W. Wolz, |. K. & Hremya, C M. (2010}, Axial segregation in bubbling gas-
Auidized beds with Gaussian and lognormal distributions of Geldart Group B
particles AIChE Jommai, 5& 12], 30453061,

Cloete, 5, johansen, 5, Braun M., Popofl, B, & Amini, 5 (2010} Evaluation of a
lagrangian discrete phass modeling approach for resolving cluster formation
in CFB risers. May, Interrotiona Conference on Multiphass Flow.

Cloete, 5, & Amini, 5. (2016} The dense discrete phase model for simulation ol
bubbling fludied beds: Validation and verthcation. May, JCMF-2016 - 9tk Imter-
national Conference or Multiphess Flow.

Cloete, 5, Johansen, 5. T_ & Amini, 5. (20012}, Performance svaluation of a complete
Lagrangian KTGF appreach for dilute granular Bow madelling. Powder Tecknol-
agy. Z26,43-52

Closte, 5., Johansen, 5 T, Eraun, M., Popalf, B, & Amini, 5 (2011) Evaluation of a
lagrangian discrete phase modeling approach for application to indusirial scale
bubbling Awidirsd beds. In Procesdings of the 10tk Intermationsd Comference on
Crouloting Flideed Beds and Flurdeehon Technology May.

Cloete, 5., [ohansen, 5. T, Zaabout, A., van 5int Annaland M., Gallucci, F, & Amini,
5 (2015) The =f=ct of frictional pressure, geometry and wall friction on the
madelling of 2 prewdo-20 bubbling fluidised bed reactor. Powder Technology,
283, B5-102.

Cloete, 5, Faabout, A, Johansen, 5. T, van Sint Annaland, M., Gallucri, F. & Amini, 5
(2013). The generality of the standard 20 TFM approach in predicting bubbling
Muidized bed hydrodynamics. Powder Technology, 235, 735746

Coffield, D & Shepherd, [ ( 1987} Tutorial puids to Unix socksts for network com-
munications. Computer Communicotions, (1L 21-28,

Dahl 5 R, & Hrenya, C M. (2005). Sice segregation in gas-solid Auidized beds with
continuouws sire distributions. (hemical Ergineering Sdence, G233, G65E- G673,

Davidson, | F, & Harrison, 0. [1966) The behavicur of a continucusly bubbling
Nuidized bed (hemionl Ergineering Sdence, 21(9), 731-7348.

Deen, M. G, Amnaland, M. V. 5. Vander Hoef, M. AL & Kuipers, | A M. (2007, Beview
af discrete particle modeling of Muidiced beds. Cheminal Enginesing Soence,
62(1-2), 2B-44.

Di Rerero, AL 6 Maia, F. P, Girmonte, R, & Formisani, B. (2008). DEM simulation
af the mixing equilibrium in Auidied beds of two solids differing in density.
Poweder Technology, 184{2), 214-223.

Ding. |, & Gidasposw, D (1980} A bubbling Auidization model using kinetic theory
af granular Aow_ AIChE Jommal, 364}, 5235338,

Fan, LT..&Wang R H.[1975) On mixing indices. Powder Techrology, T1011 27-32.

Feng, Y0, Xu, B. H., Zhang, 5. |, Yu, A B & Zulli, P.{2004). Discret= particle simulation
af gas Muidization of particle mixtures. AICRE Jowrnod, 3B 17 13- 1728,

Fatowat, ., Abbasi, A, Spiteri, B |, de Lasa, H., & Chaoui, | {20151 A CFFD moded for
abubbly biomass sand fuidized bed. Powder Techrology, 275, 30500

Garg, B, Narayanan, C, Lakehal, I, & Subramaniam, 5. (3007 L. Accurate nomerical
estimation of inferphase mamentum transfer in Lagrangian- Eulerian simula-
tiors of disperssd twophaze Aows. [mberrationol Jourrmal of Meltphose Flow,
2312, 13371364,

Garg, B. Narayanan, C. & Subramaniam, % (20090 A numerically convergent
Lagrangian- Eulerian simulation method for dispersed two-phase lows. Inter-
national Jourral of Multiphase Flow, 35(4), 176-388.

Gauthier, D, Zerpoerras, 5, & Flamant, G (1999). Influence of the particle sines dis-
tributicn of powders on the welocities of minimum and complets Ausdization.
Chemical Ergineering foemat, 74(3), 181- 196,

Geldart, D {19658}, Fluidizntion engineering: By D Kuni arnd 0. Levenspisl. New Yark:
Johin Wiley and Sons, Led, 1965, 534 pp.; 220ilks. PriceE 6.12_ 0 Powder Tech-
nology, 3(1), 255-256.

Geldart, D. {1572}, The =fect of particle size and size distribution on the behaviour
af gas-Auidized beds Powder Technology, 84 201-215



4 A. Hashemisohi et al / Particuology 49 (2020) 1 91-204

Geldart, D, Baeyens, |, Pope, . |, & Van De Wijer, P. (1981 . Sagregation in beds of
large particles at high velocities. Powder Techrology, 302, 185-205.

Grace, | R, B Sun, G. {1991 ). Influence of partiche six = distribation on the performance
of fnidired bed reactors. The Comadion Journal of Chemiol Enginesring, 58{5],
1126-1134.

Harris, 5. E, & Crighton, O G {1984). Salitons. solitary waves, and voidage distur-
bances in gas-fuidized beds Journal of Ruid Mechanics, 265, 243 376

Hashemi Sohi, A, Eslami, A, Sheikhi, A, & Sotudeh-Gharebagh, R (2012 Sequential-
based procsss modeling of natural gas combuestion in a Auidized bed reactor.
Erergy & Fuels, 264, 2058 1067,

Hashemisohi, A, Wang, L, & Shahbazi, A [(3019]) Dense discrete phase model cow-
pled with Kinetic theary of granular Aow to improve predictions of bubbling
Ausdized h:dhy\dmdyn:miu KONA Powder and Particle Jowrnal, 36 215-223.

Hernind F.Garcia-Guriérrez, L M., Soria-Yerduga, A, & Acosta-Thorra, A
(20151 Fully coupled TEM-DEM simulations to study the motion of foel particles
in a luidized bed Chemical Engincering Science, 134, 57-G6.

Herndndez-[iméner, F., Sdncher-Delgado, 5, Gémes-Garcia, A, & Acosta-lborra, A
{2011} Comparison between two-flwid model simulations and particls image
analysis & welocimetry (PIV) results for 2 two-dimensional gas-sclid Auidized
b, Chevmicad Engineering Soiemce, 66{17 ), 37 53-3772

Hong, K. Gan, Y. Ullzh, A, Xu, F, Xiong, (. & Lorensini, G. (201B). Multi-scals COFD
modeling of gas-sclid bubbling Audimation acccunting for sub-grid information.
Advanced Powder Techrology, 208(3), 488498,

Hoomans, 0. P10, Kuipers, | A M., Briels, W. ., & van Swaaij, W. P M. (100G), Dis-
crete particle simulation of bubble and slug formation in & two-dimensional
gas-fluidissd bed: A hard-sphere approach. Chemical Engineering Soemce, 5101,
o 118

Hoomans, B P. B, Kuipers, | A M., & van Swaai, W. P. M. {2000}, Granular dynamics
simulation af ssgregation phenomena in bubbling gas-fluidised beds. Powder
Techrology, 109(1-3), 41-48.

Huilin, L, Yunhua, Z., Ding, j.. Gidaspow, D.. B Wei, L (2007). Investigation of
mixing/segregation of mixture partich=s in gas—solid Awidizsd beds. Chemical
Ergineering Saence, 631-2), 301-317.

Igcl, Y., Andrews, A T., IV, Sundaresan, 5, Pannals, 5, & OBrien, T. (3008 Fileered
twao-Auid models for Auidired gas-particle suspensions. AICRE Journal, 54(6),
1431-1448.

Fgoi, Y., B Sundaresan, 5. (3011) Constitutive models for fltered two-Auid models of
Ausdized gas-particle lows [rdustrial & Enginesring Chemisiry Research, SI073),
13150- 13201,

Jaseph, G. G, Leboreiro, |, Hrenya, C M., & Stevens, A B (2007). Experimenzal
gation profiles in bubbling gas fwidized bads. AJChE [ourmal, 53(11), 2804813

Kawfmann, A, Moreau, M, Simonin, 0., & Helie, | (3008] Companson between
Lagrangian and mesoscopic Eubsrian modelling approzches for inertial particles
suspended in decaying sotropic turbulence. Jowrnal of Computatioral Physics,
27713, B4B-BATE.

Khoe, G. K, Ip, T. L, & Grace, |. R {1991). Rheological and fluidization behawiour
of powders of different particle size distribution. Powder Technology, 552),
1Z7-141.

Kunii, [, B Levenspiel, 0. (1981a). Industrial applications of Auidized beds. InFle-
idization enginesring. pp. 1550, Oxford: Butterworth-Heinemann,

Kunii, [, & Levenspiel, 0. (1981b). Particle-to-gas mass and heat transfes. n Fls-
idizntion mg’.nnﬂirur pp. 257 -27 & Oncfiord: Botterworth-Heinemann.

La 1, LA, Ragt LA land, M. V. 5., & Kuipers, HL{2008]). Inwestigation into
theh'rliud;rnamlc: of gas-sclid fluidized bads using particle image velocimetry
coupled with digital image analysis. The Conodior Joumnal of Chemiool Ergineer-
img. B3] 523-535.

Li, T., Gopalakrishman, P, Garg, R, & Shahnam, M. [2012). CFI- DEM study of effect
of bed thickness for bubbling fuidized beds. Particuciogy. 151 532-541.

Li, T., Grace, | B Bi, X (2010). Study of wall boundary condition in namerical sime-
latians of bubbling Avidiced beds. Pewder Technodogy, 2033 447 457,

Liang, ¥ 7hang, ¥_ Li, T_& Lu, C (2014} A critical validation stusdy on CPED model in
simulating gas-salid bubbling fuidized beds. Powder Technology, 263, 121-134.

Loha, C, Gu, 5., De Wilde, |, Mahantz, P, & Chatterjes, P K. (2014). Advances in
mathematical modeling of Auidized bed gasification. Renewalble and Sustofmable
Erergy Beviews, 40, GBE-T15.

Lu, L, B=nyahia, 5, & Li, T. (2017 L. An efficient and relisble predictive method for
Ausdized bed simulation. AJCRE Jowral, 63{12), 5320-5334.

Lu, L, Gopalan, B, &k Benyahia, 5 (2017 ) Assessment of different discrets parti-
cle methods ability to predict gas-—particle low in a small-scale Auidized bed.
Industrial &Ergineering Chemistry Research, 56{27 ), TBE5-TE76

L, L, Morris, A, Li, T., & Benyahia, 5. {2017). Ext=nsion of 2 coarse grained partichs
method to simulate heat transéer in Auidized beds Interrational /ournal of Hear
ard Mass Trangfer, I11,7231-735.

Manzzam, E K. Breaule, B W, Weber, [, & Layfield, K. (20171 Elutriation of fines
From bimary particle mixtures in bubbling fwidied bed cold model Powder
Teckrology, 305, 340-346.

Orel, A, Kolehmainen, |, Radl, 5, & Sundaresan, 5 (3016). Flusd and particle coars-
ening of drag force for discrete-parcel approach. Chemical Ergineering Science,
155, 258-267.

Patamkar, M. A, & Jos=ph, D. D. (2001). Modeling and numerical simulation of par-
ticulate flows by the Enlerian-Lagrangian approach International Jourmal of
Muitiphose Fow, 27 10, 16551684

Peng. 7 Doroodchi, E, Alghamdi, ¥, & Moghtaderi, B (7013) Mixing and segregation
of salid mixtures in bubbling Auidized beds wnder conditions pertinent to the
Fuel reactor of a chemical looping system. Powder Technology, 235, B23-E37.

Popalf, B, & Braun, M. (2007} A lagrangizn approsch bto denss particulate Aows. In
Proceedings of the IOMF 2007, &th Internotional Conference on Multiphase Flow.

Sinchez-Delpada, 5., Marogin-Cre, C, Soria-Verduoge, A, & Santana, 0.(2013) Esti-
mation and sxperimental walidation of the circulation time i 2 2D gas-solid
Auidized beds. Powder Techrology, 235, 683-676.

Schwariz, 5 ., Richardsan, [ C, & Michel, P. {20121 Animplementation of the soft-
sphere discrete ele=ment method in 2 high-performance parallel gravity tres-
code. Gromule Mater, [4(3), 363-380.

Sheikhi, A Sotudeh-Gharebagh, B Eslami, A, & Sohi. A H. (2012). Seqguential mod-
ular simulation of ethamal production in a three-phase luidized bed biareactor.
Biochemical Engineering [ournad, 63, 95- 103,

Shi, . Wang. W_ ELL (20111 A bubble-based EMMS model for gas-solid bubbling
Ausdization. (hemical Enginsering Scence, 65 22), 5541-5555.

Smider, D. M., O'rowrke, P. |, & Andrews, M. | (1958] S=diment Bow in inclined
vessels calculated wsing 3 multiphase particle-in-cell model for denss partichs
Aowes. International Jowrnal of Multiphase Row, 24[8), 1355- 1382,

Smider, 0. M. (2007 ) Three fundamental granular flow experiments and CPFD pre-
dictions. Powder Techmology, 1761, 15-46.

Saider, . M., Clark, 5 M, & O'Rourke, P. |. (2011}, Eulesian-lagrangian method
Far three-dimensional thermal reacting fow with application to coal gasifiers.
Chemical Engineering Science, 66(6), 17851205

Subramaniam, 5. (2013} Lagrangian-Eulerian methods for multiphase Gows.
Progress ir Enengy and Comimstion Soievce, 39{2-31 215-245.

San, G, &Grace, | B.{1992) Effsct of particle sire distribution in different fluidiration
regimes. ACRE fourral, 38{5), 716-722

Syamial, M., Bogers, W, & OBrien, T. |. (1993 ). MFIX documewmtation theory guide Nao.
DOEMETC- 04/ 1004, USDOE Margantown Energy Technology Centes, WV, LISA.

Third, | B, Chen, ¥., & Miller, C. B {2016} Comparison betwesn finite wolume
and lattice-Baltzmann m:thucl nmuhrhms Dl'g.u-l'lulﬁecl beds: Bed expan-
sian and particle fluid i Force. T ioral Mechanic, 3(3],
3731-381.

Tsuji, Y. Kawaguchi, T, & Tanaka, T. (1993). Discrete particle simulation of two-
dimensional fuidized bed. Powder Techrology, 7771}, 7887,

Van Wachem, B.G. M, Schouten, . C, Van den Bleek, C M., Krishna, &, & Sinclair, J. L.
(2001} Comparative analysis of CFD) models of dense gas-solid systems. AJTRE
Jowrnal, 475}, 1035-1051.

Wang, (0. Niemi, T., Peltola, |, Kallia, 5., Yang, H., Lu, [, et al. (2015] Partiche size
distribution in CPFD modeling of gas-sclid flows in 2 CFB riser. Particeology, 21,
107-117.

Xaang, (., Madadi-Kandjani, E, & Lorenzini, G. (20141 A LEM-DEM solver for fast
discrete particle simulation of particle- fluid Aows. Continuum Mechonics and
Thermodynomics, 26(6), 307 -917.

X, |, Qi, H., Fang, X, Lu, L, Ge, W., Wang, X, etal (2011 ) Quasi-real-time simulation
of rotating drum using discrete slement method with parallel GPU computing.
Particuology, 5{4), 446-450.




